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Abstract

A two-dimensional along-the-channel mass and heat transfer model for a proton exchange membrane fuel cell
(PEMFC) is described. The model is used for calculation of cell performance (i.e., cell voltage against current
density), ohmic resistance and water pro®le in the membrane, current distribution and variation of temperature
along the gas channels. The following fuel cell regions are considered: gas channels, electrode backings and active
layers at the anode and cathode side, and a proton exchange membrane. The model includes mass transfer in the gas
channels and electrode gas backings, water transport in the membrane, electrode kinetics and heat transfer.
Temperature in the cell is assumed to vary only along the gas channels, which means that it is the same at the anode
and cathode and in the solid phase at a speci®ed value of the channel coordinate. Electrode kinetics are considered
only at the cathode, where major losses occur, whereas the anode potential is assumed to be equal to its equilibrium
value. An agglomerate approach is used for the description of the active layer of the cathode. Simulations are
carried out for di�erent humidities of inlet gases, several di�erent stoichiometric amounts of reactants and cooling
media (air, water) with di�erent heat transfer coe�cients. Analysis of the results showed that the best performance
of the PEMFC was obtained for well-humidi®ed gases at conditions close to isothermal and at a stoichiometry of
gases only somewhat higher than that corresponding to complete reactant consumption.

List of symbols

a water vapour activity
aaggl active area of the agglomerate (cm2)
cm water concentration in the membrane

(mol cmÿ3)
cp;i heat capacity of gas i (J molÿ1 �Cÿ1)
Dij binary di�usion coe�cient of the gas mixture

of gases i and j (cm2 sÿ1)
Dk di�usion coe�cient of water in the membrane

(cm2 sÿ1)
E e�ectiveness factor
Eoc open circuit voltage of the fuel cell (V)
Ecell fuel cell voltage (V)
F faradaic constant (96 487 C molÿ1)
h channel width (cm)
H enthalpy (J molÿ1)
iloc geometric current density in the ionomer

phase of the active layer (A cmÿ2)
I local geometric current density (A cmÿ2)
Iavg average current density (A cmÿ2)
k kinetic constant (sÿ1)

keff e�ective conductivity in the active layer
(S cmÿ1)

L length of the gas channel (cm)
Mi molar ¯ow of species i (mol sÿ1)
Mm equivalent weight of the membrane

(g molÿ1)
nd electroosmotic drag coe�cient (number of

H2O molecules carried per proton)
Ni y-component molar ¯ux of species

i (mol cmÿ2 sÿ1)
P pressure (atm)
Pperm�O2� oxygen permeability in the active layer

(mol cmÿ1 sÿ1)
q overall heat transfer coe�cient

(W cmÿ2 �Cÿ1)
R universal gas constant (8:3143 J molÿ1 Kÿ1)
Rm membrane resistance (X cm2)
T local temperature in the fuel cell (�C)
Tcoolant coolant temperature (�C)
Thum humidi®cation temperature of reactant gases

(�C)
Tin inlet temperature of anode and cathode gases

(�C)
xi y-component mole fraction of species i in the

gas backing Dedicated to the memory of Daniel Simonsson
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1. Introduction

Proton exchange membrane fuel cells (PEMFC) are
particularly suitable for traction applications, due to
their high power density, simple and safe construction and
fast start-up, even at low temperatures. Nevertheless, for
the commercial introduction of the PEMFC as a power
source for traction applications or a small-scale power
plant, it remains to reduce its cost and to improve its
performance and e�ciency. This problem can be ap-
proached using mathematical models which are useful
tools for analysis and optimization of fuel cell perfor-
mance and also for heat and water management. By this
means a simulation of the performance of the whole fuel
cell system at di�erent temperatures, humidities, gas
compositions and many other parameters can be per-
formed. The results can be used for optimization of
various properties of the PEMFC, thus minimizing the
time necessary for large amounts of experimental studies.
A two-dimensional mathematical model is preferable

for water and heat management analysis, as temperature
and water content in the cell normally varies along the
gas channels depending on the design of the fuel cell and
cooling system. In a one-dimensional model, transport
of the reactants is usually considered only into or out of
the membrane electrode assembly, and the cell temper-
ature is assumed to be constant. Several such one- and
two-dimensional models of a single PEMFC have been
developed [1±5].
One-dimensional PEMFC models were developed in

the early 1990s by Bernardi et al. [1] and Springer et al.
[2]. In the model by Bernardi, the authors concentrated
their study on a fully hydrated membrane electrolyte,
whereas more detailed description of the water transport
in the membrane by means of water drag and di�usion
processes at di�erent humidi®cation conditions was
given by Springer. Both models were isothermal and
mass transport was treated only into or out of the
membrane electrode assembly neglecting concentration
variations along the gas channels.
Two-dimensional models studying di�erent aspects of

the water and heat management have been developed by
Fuller et al. [3] and Nguyen et al. [4]. In Fuller's model,
concentrated solution theory is used for description of
the membrane, and Butler±Volmer kinetics is applied to
electron transfer reactions. Nguyen's model describes
the membrane electrolyte similarly to Springer's one-
dimensional model [2], however, only anode side water

content is used for calculation of the parameters, which
depend on the membrane water content, neglecting
water pro®le across the membrane. Using this assump-
tion, the values of membrane conductivity can be
underestimated, leading to unreasonably high ohmic
losses in the membrane. Both Fuller and Nguyen
consider co¯ow pattern when discussing gas channels
and heat exchangers. Recently, an improved model was
published by Yi and Nguyen which compares di�erent
fuel cell designs with co¯ow and counter¯ow heat
exchangers [5].
Responding to an increasing interest in larger fuel cell

systems, a number of mathematical models for the fuel
cell stacks have appeared during last few years [6±12].
The full-scale fuel cell systems possess rather complex
design of hardware (¯ow ®elds, heat exchangers etc.),
therefore transport processes of the reactants and
products in the gas channels and coolant usually require
complicated mathematics. To minimize complexity of
the mathematical models, a simpli®ed description of the
electrochemical kinetics and mass transport in the
electrodes and membrane is often used.
The aim of our work was to develop a two-dimen-

sional mass and heat transfer model which included all
important characteristics of the membrane, gas backings
and electrode active layer. A more detailed description
of the water content in the membrane is given, enabling
determination of water pro®les across the membrane
and more accurate calculation of water content depend-
ing parameters. In contrast to the majority of two-
dimensional models, which describe the active layer as a
®lm of negligible thickness, the present model uses the
agglomerate approach, developed by us previously [13].
The mathematical model is used for cell performance
analysis at various conditions, such as di�erent humid-
i®cation temperatures, stoichiometric coe�cients and
liquid and air cooling systems.

2. Description of the model

Several regions are considered in the fuel cell (Figure 1):
a proton-exchange membrane, active layers at the anode
and cathode and electrode gas backings. Two coordi-
nate axes are chosen: an x axis, with a direction the same
as that for the gas channels, that starts at the fuel cell
inlet, and a y axis across the membrane electrode
assembly that starts at the fuel cell anode inlet.

Greek letters
a net water ¯ux per molar ¯ux of H2

d thickness of the electrolyte ®lm surrounding
agglomerates (cm)

g electrode overpotential (V)
k water content in the membrane, moles of

water per mole of sulphonic groups
m ratio between the inlet reactant ¯ow and the

¯ow consumed in the fuel cell reaction at
average current density Iavg � 1 A cm2

qm density of a dry membrane (g cmÿ3)
rm membrane conductivity (S cmÿ1)

Subscripts
a anode
c cathode
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At the fuel cell inlet, humidi®ed reactant gases are
supplied at a given stoichiometry and then react at the
active layer to be further transported down to the fuel
cell outlet together with the products. The exhaust ¯ow
consists of reactants (if stoichiometry is larger than 1)
and water vapour, which is supplied by humidi®ed gases
and/or produced in the fuel cell reaction.
The ¯ow variations along the gas channels (x direc-

tion), due to the ¯ux Ni in the y direction of the reactants
or products into or out of the membrane±electrode
assembly, are described as follows:

dMi

dx
� ÿhNi�x� �1�

where i is O2, N2 or H2O vapour at the cathode side and
H2 and H2O vapour at the anode side. Water vapour
includes both water produced and water supplied to the
fuel cell by humidi®cation of gases. The ¯ux Ni is a
function of coordinate x due to the variation of current
density in the x direction.
The ¯uxes of the anode and cathode components are

de®ned as follows:

NH2
�x� � I�x�

2F
�2�

NO2
�x� � I�x�

4F
�3�

NN2
�x� � 0 �4�

NH2O;a�x� �
aI�x�
2F

�5�

NH2O;c�x� �
�1� a�I�x�

2F
�6�

where I�x� is local geometric current density which varies
along the channel due to the variations of temperature,
water content, overpotential and conductivity. The value
of the current density is assumed to be positive. The ¯ux

of nitrogen is set to zero as nitrogen is neither consumed
or produced in the fuel cell reaction. The variable a is the
net water ¯ux per molar ¯ux of hydrogen molecules (i.e.,
hydrogen consumed in the fuel cell reaction). The value
of a is de®ned as positive if the net amount of water is
transported from the anode to the cathode side, that is, if
the amount of water transported from the anode to the
cathode side, due to the electroosmotic water drag, is
larger than that transported from the cathode back to
the anode by di�usion.
Di�usion of the reactants in the porous gas backing is

described by the Stefan±Maxwell equation, as similarly
used in the one-dimensional model published by Springer
et al. [2]:

dxi

dy
� RT

X
j

xiNj ÿ xjNi

PDij
�7�

The following equations are obtained for H2O at the
anode, and O2 and H2O at the cathode:

dxH2O;a

dy
� RTI�x�

2FPaDH2O;H2

xH2O;a�1� a� ÿ a
� � �8�

dxO2

dy
� RTI�x�

2FPc

�
xO2
�1� a� � 0:5xH2O;c

DH2O;O2

� 1ÿ xH2O;c ÿ xO2

DO2;N2

�
�9�

dxH2O;c

dy
� RTI�x�

2FPc

� �1ÿ xH2O;c ÿ xO2
��1� a�

DH2O;N2

� 0:5xH2O;c � xO2
�1� a�

DH2O;O2

�
�10�

Binary di�usion coe�cients Dij can be calculated by
using the Slattery and Bird's approximation is the same
way as in [2].
The variable a (net water ¯ux per molar ¯ux of

hydrogen) is calculated as follows:

a � 2nd ÿ 2F
I�x�Dk

dcw
dy

�11�

where nd and Dk are the respective electroosmotic drag
and di�usion coe�cients of water in the membrane.
Both the drag and di�usion coe�cients depend upon the
water content k, amount of water molecules per mole of
sulphoic groups in the membrane.
Values of di�usion coe�cient were calculated accord-

ing to Fuller [14]:

Dk � 3:5� 10ÿ2 � k
14

exp ÿ 2436

T � 273

� �
�12�

The expression for water drag coe�cient was adapted
from the mathematical model by Springer et al. [2],
assuming that the value of the drag coe�cient is equal to
3.5 at k � 20 for the membrane equilibrated with liquid
water.

Fig. 1. Components of the PEMFC and position of coordinates used

in the model.
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nd � 3:5� k
20

�13�

The concentration of water can be expressed in terms
of water content k and the expression for a can be
rewritten:

a � 2nd ÿ 2F
I�x�

qm

Mm
Dk

dk
dy

�14�

where qm and Mm are membrane density and equivalent
weight, respectively.
The water content k is a function of water activity and

temperature. Usually, the value of k decreases with
increasing temperature, if water activity is kept constant.
In order to calculate nonisothermal water pro®les in the
membrane, a data base of water content k, covering the
whole range of possible activities and temperatures, is
needed. Studies reported so far in literature cover only a
limited range of temperature values (see Appendix A for
more details). To obtain values of k at other tempera-
tures, a numerical interpolation was used. Another
important characteristic of water uptake is the fact that
it is much higher when the membrane is equilibrated
with water in liquid state rather than when it is in
contact with water vapour. In the model, water is
assumed to be in the vapour form (or water droplets of a
zero volume) even at levels above saturation (water
activity a > 1). To take into account the increase in
water uptake, for these activities, the curves for k at
di�erent temperatures were extrapolated to a � 2:5 (see
Appendix A), above which k was assumed to be
constant and equal to 20.
Membrane conductivity is calculated by use of an

empirical relationship between the conductivity and
water content, using data from the paper by Sone et al.
[15].

r � ÿ0:005 163 8� 0:000 202 17k� 0:002 215 4k2

ÿ 0:000 277 2k3 � 1:4657� 10ÿ5k4

ÿ 2:7746� 10ÿ7k5 �15�

As water content varies through the membrane, a
di�erent value of conductivity is obtained at di�erent y
values in the membrane (at a ®xed coordinate x). For
each value of x, the resistance of the membrane is
calculated by integrating:

Rm�x� �
Ztm

0

dy
r�k� �16�

Losses due to the electrode kinetics are only considered
for the oxygen reduction reaction. Anode overpotential,
when pure hydrogen is used, is small and is neglected in
the calculations. The model used for the active layer of
the cathode is an agglomerate model developed earlier
[13]. In this model, it is assumed that the active layer

contains small particles (agglomerates), which consist of
platinum, carbon and polymer electrolyte. The agglom-
erate particles are separated by gas pores which enable
the fast transport of oxygen over the whole active layer.
Each agglomerate is covered by a thin polymer elec-
trolyte ®lm through which oxygen di�uses into the
particles.
Overpotential in the electrolyte phase follows Ohm's

law:

og
oy
� iloc

keff
�17�

The parameter keff is the e�ective conductivity of the
active layer, and iloc is the local current density in the
active layer.
The following expression was obtained for the current

density:

oiloc
oy
� ÿ4F

1
d

aagglCO2
Deff
� 1

kE

0@ 1A �18�

The variables aaggl and d are the active area of the
agglomerate and the thickness of the electrolyte ®lm,
surrounding each agglomerate, respectively. Product
CO2

Deff is equal to the oxygen permeability (on calcu-
lation of permeability, detailed in Appendix B), whilst k
and E are the kinetic constant and e�ectiveness factor,
respectively. The kinetic reaction constant was obtained
from a simpli®ed Butler±Volmer equation, neglecting
the rate of the backwards reaction, and the e�ectiveness
factor was calculated with Thiele's modulus. Detailed
description of the agglomerate model as well as param-
eters used can be found in [13].
The cell voltage is calculated from the membrane

resistance, current density and electrode overpotentials,
as follows:

Ecell � Eoc ÿ g�x� ÿ I�x�Rm�x� �19�

Electrode overpotential in the model only includes
cathode overpotential as mentioned above.
The average current density for a given cell voltage is

calculated by integrating along the whole channel
length:

Iavg � 1

L

ZL

0

I�x�dx �20�

I�x� is a local geometric current density at each point
along the channel, and L is the length of the channel.
Temperature of the inlet gases is set to the same value

as the fuel cell inlet temperature (70 �C) irrespective of
the humidi®cation temperature. It is assumed that the
temperature is only a function of the channel coordinate
x, that is, it is the same for the anode and cathode gases
and the solid components of the fuel cell, at a speci®ed
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value of coordinate x. Variations of temperature along
the gas channels are calculated according to the follow-
ing energy balance equation:

dMiDHi�T � �
X

Mi�x�cpi
�T �dT

� EcellI�x�h dx� q�T ÿ Tcoolant�h dx

�21�

where Mi is a molar ¯ow of a component i, DH the
enthalpy change per mole of gas and cp the heat
capacity of each component. Enthalpy changes at a
given temperature and the heat capacities of the gases
are calculated as done by Newman et al. [3]. The
product EcellI�x� represents the electrical work provided
by the system, I�x� is the local geometric current density
and h is the width of the channel. The last term in the
energy balance represents the heat transfer to the
cooling system, and includes the overall heat transfer
coe�cient q and temperatures of the gases and coolant
(T and Tcoolant). The overall heat transfer coe�cient
includes heat transfer e�ects both in the coolant and gas
¯ows. Coolant is supplied to both sides of the fuel cell
like in a fuel cell stack where cooling plates are placed
between each cell. The temperature of the coolant is
assumed to be constant along the gas channels, which
corresponds to a very large ¯ow rate of coolant (air or
water).
The model equations are solved numerically at a given

value of cell voltage. A value of the local current density
I�x� is initially guessed, and one-dimensional equations
for the mass transport into or out of the membrane±
electrode assembly and kinetic expressions are solved for
the actual value of x. On the basis of these results, mass
transport along the channel length and temperature
variations are calculated. The cell voltage is then
calculated and compared with the speci®ed value. If
the calculated value disagrees with the speci®ed one, a
new value of I�x� is given, by numerical iteration, until
both values agree. This procedure is repeated until all
the model equations are solved for the whole channel.
Finally, the average current density and membrane
resistance are calculated.

3. Results and discussion

Calculations were performed for various humidi®cation
temperatures, di�erent stoichiometric amounts of reac-
tants and several heat transfer coe�cients (gas and
liquid coolants).
Polarization curves (cell voltage against average

current density) and curves showing ohmic resistance
as a function of current density were obtained. At
constant cell voltage, usually Ecell � 0:6 V, variations of
current density, ohmic resistance, temperature along the
gas channels, as well as water pro®le in the membrane
(k as a function of the membrane coordinate y and
channel coordinate x), were calculated.

3.1. Base case calculations

To analyse the in¯uence of di�erent parameters on cell
performance, a base case (cell and humidi®cation
temperatures 70 �C, stoichiometry 2 at Iavg �
1 A cmÿ2) was chosen. Parameter values used for the
base case are shown in Table 1. Pure oxygen and
hydrogen at atmospheric pressure were used in all
calculations. These were chosen as most of the exper-
imental studies at our laboratory, on one-dimensional
small-scale fuel cell, were carried out at similar condi-
tions [13], as well as empirical relationships obtained
either from the literature or our own studies were best
de®ned at these conditions. Na®onÒ 115 membrane was
chosen as the electrolyte.
Simulated curves for the base case are given in

Figure 2: polarization curve and ohmic resistance in
the membrane (a), current density and temperature
pro®les along the channel coordinate at constant value
of Ecell � 0:6 V (b), membrane resistance variations (c)
as well as water pro®le in the membrane (d).
As mentioned above, the Stefan±Maxwell equation is

applied for the description of the gas transport in a
porous gas backing. However, preliminary calculations
showed that in the case of pure gases, in¯uence of gas
transport limitations through the highly porous gas
backing was negligible. In order to minimize the time
necessary for each simulation, the Stefan±Maxwell
equation was omitted, that is, it was assumed that
concentrations of gases in the active layer at the
membrane±electrode interface are the same as in the
gas channels. It should be noted that in the case of air at
the cathode or if the anode gas contains other compo-
nents than pure hydrogen, a transport equation in the gas
backing should be used, especially at low stoichiometries.
The polarization curve and ohmic resistance in the

membrane shown in Figure 2(a), follow the general
trend observed for PEMFC at atmospheric pressure
[2, 16, 17]. For current densities higher than 1 A cmÿ2,
some mass transport limitations can be observed,
which arise from oxygen di�usion through the electro-
lyte ®lm surrounding the agglomerate particles. Ohmic
resistance is fairly constant up to Iavg � 0:8 A cmÿ2,
and then increases somewhat due to the water drag
from the anode to the cathode and insu�cient back-
di�usion. Variations in current density, temperature
and ohmic resistance, along the channel coordinate, as

Table 1. Parameter values for the base case

Parameter Value

Pressure of reactant gases, P 1 atm

Stoichiometric coe�cient, m 2

Fuel cell inlet temperature, Tin 70 °C
Humidi®cation temperatures of O2 and H2, Thum 70 °C
Temperature of the liquid coolant, Tcoolant 65 °C
Heat transfer coe�cient, q 0.08 W cm)2 °C)1

Channel length, L 10 cm

Channel width, h 1 cm
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well as the water pro®le, at constant cell voltage, are
shown in Figure 2(b)±(d). The cell voltage value of
0.6 V was chosen as a typical PEMFC operation
voltage. Figure 2(b) shows current density and tem-
perature variations. Both their values are fairly con-
stant along the gas channel; the current density
increases only slightly (resulting in small increases in
temperature) due to improved water content in the
membrane and lower ohmic resistance close to the cell
outlet.
The water content pro®le for the base case is shown in

Figure 2(d). Coordinates (0,0) and (10,0), respectively,
correspond to the membrane/electrode interfaces at the
anodic side inlet and outlet. In the same way, coordi-
nates (0,1) and (10,1) correspond to the interfaces on the
cathodic side. Already at the inlet, the water pro®le is
established across the membrane, that is, the water
content at the anode side is lower than that at the
cathode side. This is due to the electroosmotic drag of
water, from the anode to cathode, and insu�cient
backdi�usion from the cathode side, where water is
produced, to the anode side. Water production at the
cathode results in increasing water content in the
membrane along the gas channels (coordinate x) both
at the cathode and anode, and it follows the same shape

as the water pro®le across the membrane (coordinate y)
at the inlet, that is, water content at the anode is lower
than that at the cathode. Even if the increased water
production leads to higher water content in the whole
membrane, both the water drag coe�cient and di�usion
coe�cient increase linearly with the water content, and
the shape of the water pro®le across the membrane
remains unaltered.
In further simulations, discussed below, the in¯uences

of various parameters are investigated by varying one
parameter at time, maintaining the remaining parame-
ters at the values of the base case, if not otherwise
stated.

3.2. In¯uence of the humidi®cation temperature

Simulated curves obtained for a constant cell tempera-
ture and various humidi®cation temperatures are shown
in Figures 3 and 4(a)±(c).
In Figure 3, the cell performance and membrane

resistance are compared at a cell inlet temperature of
70 �C and humidi®cation temperatures of 50±80 �C. Cell
performance increases remarkably when the humidi®-
cation temperature is increased from 50 to 60 and 70 �C,
due to the higher water content in the membrane at the

Fig. 2. Simulated curves for the base-case: polarization curve, ohmic resistance in the membrane as a function of current density (a), current

density and temperature pro®les (b), variations of membrane resistance along the gas channels (c), water pro®le in the membrane (d) at

Ecell � 0:6 V.
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higher humidi®cation temperatures (see water pro®les in
Figure 5) and lower ohmic resistance. A further increase
in humidi®cation temperature improves the perfor-
mance only slightly, as the membrane has almost
reached its minimum resistance at the humidi®cation
temperature of 70 �C (water activity is larger than one at
the cathode side already at the inlet, due to fact that the
inlet gases are humidi®ed up to 100% and additional
water is produced at the cathode). Another reason why
cell performances, at gas humidi®cation temperatures of
70 and 80 �C, are rather similar is the fact that the
oversaturation of the reactant gases leads to some
depletion of the oxygen at the cathode side. This can be
observed in Figure 4a showing the variation of current
density along the gas channels. For Thum � 80 �C,
current density decreases to some extent from the cell
inlet to the outlet due to decreased oxygen concentration
in the cathode gas, resulting from water production at
the cathode and oversaturation of the inlet gas. In
contrast, for Thum � 50, 60 and 70 �C, current density
increases with channel coordinate, due to increased
water content in the membrane and lowering of ohmic
resistance. This also leads to some temperature increase.
The average current densities increase with humidi®ca-
tion temperature up to 70 �C, and then remain almost
unaltered for the next value of Thum � 80 �C for the
above reasons. This leads to the conclusion that the
values of relative humidity of the inlet gas should not be
higher than 100% because of the depletion of oxygen
concentration. Another possible reason is the formation
of a water ®lm, at the cathode, that is not considered in
the present model but would still limit oxygen di�usion.

3.3. In¯uence of the stoichiometric coe�cient

The in¯uence of the reactant stoichiometry was evalu-
ated for the fuel cell inlet temperature and gas humid-
i®cation temperature of 70 �C. The stoichiometric
coe�cients m, used in the simulations, were 0.7, 1, 2
and 3. Polarization curves and ohmic resistance at
di�erent current densities are shown in Fig. 6. Exam-

ination of the curves leads to the following observa-
tions: (i) cell performance, especially at high current
densities, is improved when the stoichiometric coe�-
cient increases from 0.7 to 2 and decreases somewhat
when this value is equal to 3, (ii) ohmic resistance
increases with an increasing value of the stoichiometric
coe�cient. The e�ects of the stoichiometric coe�cient
on the current density and ohmic resistance can be seen
more clearly in Figure 7(a)±(c), from their variations
along the gas channels at a constant cell voltage. At low
values of m, depletion of the reactants can be observed
close to the outlet, and this is the reason why current

Fig. 3. Voltage±current curves and membrane resistance as a function

of current density for various humidi®cation temperatures: 50 �C
(� � � �), 60 �C (± ± ±), 70 �C (±±±) and 80 �C (± � ± �).

Fig. 4. Variations in current density (a), temperature (b) andmembrane

resistance (c) along the gas channels for various humidi®cation temper-

atures: 50 �C (� � � �), 60 �C (± ± ±), 70 �C (±±±) and 80 �C (± � ± �).
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density decreases at the outlet (Figure 7(a)). On the
other hand, high values of the stoichiometric coe�cient
increase ohmic resistance, due to the fact that the inlet
reactant gas is dryer that the outlet gas, because water is
formed in the fuel cell reaction. This means that the
values of the stoichiometric coe�cient have two di�er-
ent e�ects on the total performance of the fuel cell: (i) at
low values of m, the cell is well humidi®ed (assuming
su�cient humidi®cation of the inlet gases), but current
density decreases along the gas channels due to the
depletion of the reactants; (ii) at high values of m, the
amount of reactants is su�cient, but current density
decreases due to the higher ohmic resistance, which is
caused by the high ¯ow of the inlet gas that has lower
humidity than the outlet gas. These two e�ects compete
in the fuel cell, which can be seen from the polarization
curves in Figure 6, namely, where the cell performance
increased up to a m value of 2 and decreased somewhat
for m � 3. In this study, the best cell performance was
therefore obtained for the stoichiometric coe�cient
m � 2.

3.4. In¯uence of the cooling medium
and the heat transfer coe�cient

Heat removal in the fuel cell system is necessary, due to
the exothermic character of the cell reaction. It can be
performed by using a cooling system operating on air or
water, or insuring a large excess of reactant gases. In this
paper, the e�ciency of air and water coolants is
compared and the in¯uence of the value of the heat
transfer coe�cient is discussed. As the exact values of
the heat transfer coe�cient were not known, several
typical values for air and liquid coolants [18] were used
in simulations.

Fig. 5. Water pro®le in the membrane at cell voltage 0.6 V for several

humidi®cation temperatures: 50 �C (A), 60 �C (B), 70 �C (C) and 80 �C
(D).

Fig. 6. Voltage±current curves and membrane resistance as a function

of current density for di�erent stoichiometric amounts of the reactants:

m � 0:7 (� � � �), m � 1 (± ± ±), m � 2 (±±±), m � 3 (± � ± �).

Fig. 7. Variations in current density (a), temperature (b) and mem-

brane resistance (c) along the gas channels for various stoichiometric

coe�cients: m � 0:7 (� � � �), m � 1 (± ± ±), m � 2 (±±±), m � 3 (± � ± �).
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The simulated curves for the fuel cell, operating with
air coolant are shown in Figure 8(a)±(c). The value of
the heat transfer coe�cient q was varied from 0.0070
to 0:0075 W cmÿ2 �Cÿ1. Temperature of the air was
assumed to be constant and equal to 25 �C. As shown
in Figure 8(b), temperature of the fuel cell increases
strongly at the inlet, which leads to a lowering of the
water content in the membrane, high ohmic resistances
and a decreased current density. These e�ects are more
signi®cant for lower values of heat transfer coe�cient.

Results for the water coolant are shown in Figures 9
and 10. Values of the heat transfer coe�cient, used in
the simulations, were 0.06, 0.07 and 0:08 W cmÿ2 �Cÿ1

which are reasonable for a liquid coolant [18]. Varia-
tions in the fuel cell temperature, along the gas channels,
are almost non-existing in comparison to the case of the
air coolant, due to the higher e�ciency of the liquid
coolant. In the base case of q � 0:08 W cmÿ2 �Cÿ1 gas
channel temperature is very close to that at the inlet. The
corresponding water pro®le in the membrane is shown
in Figure 5. Water content is lower at the anode side
than at the cathode, but it still increases in the whole
membrane in the direction from inlet to outlet. This
results in a somewhat improved cell performance, that
is, higher current density and lower ohmic resistance
(Figures 10(a) and (c)) closer to the cell outlet which was
not the case for the air coolant. On the basis of these
results, it can be concluded that the best cell perfor-
mance can be obtained at conditions close to isothermal
with e�cient cooling. Using liquid coolant, such condi-
tions can be achieved more easily than in the case of air
cooling.

4. Conclusions

It can be concluded that the best performance of the fuel
cell can be obtained at conditions close to isothermal.
This is due to the fact that increasing temperature causes
drying out of the membrane as both water activity and
membrane capability to accumulate water decrease with
increasing temperature. A liquid coolant is preferable.
Two competing e�ects of the stoichiometric coe�-

cient, depending on humidity conditions in the fuel cell,
were observed: for well humidi®ed reactant gases in-
crease in stoichiometric coe�cient up to certain level
(depending on the actual humidity rates of the reactants)
eliminates depletion of oxygen and improves cell perfor-
mance, whereas for dry reactant gases or incompletely
humidi®ed (relative humidity <100%) high values of the

Fig. 8. Variations in current density (a), temperature (b) and mem-

brane resistance (c) along the gas channels for several values of heat

transfer coe�cient (humidi®cation temperature 80 �C, cell inlet tem-

perature 70 �C, gas coolant temperature 25 �C): 0.007 (� � � �), 0.0072
(± ± ±), 0:0075 W cmÿ2 �Cÿ1 (± � ± �).

Fig. 9. Voltage±current curves and membrane resistance as a function

of current density for several heat transfer coe�cients (humidi®cation

temperature 70 �C, cell inlet temperature 70 �C, liquid coolant temper-

ature 65 �C): 0.006 (� � � �), 0.007 (± ± ±), 0:008 W cmÿ2 �Cÿ1 (± � ± �).
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stoichiometric coe�cient causes drying out of the mem-
brane which results in higher ohmic resistance. The best
performance was obtained for a reactant stoichiometry
of 2.
Analysis of the in¯uence of the humidi®cation tem-

peratures showed that performance is remarkably im-
proved when the humidi®cation temperature is raised
from 50 to 70 �C, and only slightly when this temper-
ature is further increased to 80 �C. This observation may
be explained by the fact that increasing humidity of the
gases improves the water content in the membrane thus
minimizing ohmic losses, whereas if the humidi®cation

temperature is too high, depletion in oxygen concentra-
tion may occur, especially close to the cell outlet.
In general, the model was found to be useful for

analysis of the in¯uence of humidity, stoichiometry of
gases and properties of the coolant, on the cell perfor-
mance, over a wide range of experimental conditions,
especially for reactant gases humidi®ed at temperatures
close to the fuel cell inlet temperature or lower than this.
For simulation of the cell performance, operating with
gases humidi®ed at temperatures much higher than that
of the fuel cell, or if liquid water is added to gases in the
fuel cell, a model describing two-phase water transport
would be needed.
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Appendix A: Calculation of the water content k

Through use of the experimental data reported in the
literature, empirical relationships between water content
and water activity were obtained. Their general form is a
polynomial expression:

k � k0 � k1a� k2a2 � k3a3 �A1�

Values of the coe�cients k are presented in the Table 2.
Coe�cients for water activities a O 1 at 30 �C were
adapted from the papers [2, 19], whereas values for
80 �C were obtained from experimental data by Hinatsu
et al. [20]. For water activities a P 2:5, the water
content in the membrane was assumed to be constant
and equal to 20. For the activity region 1 < a < 2:5, the
water content curves were assumed to follow the same
trend as for lower activities, and corresponding polyno-
mial coe�cients were obtained by extrapolating the
curves to k � 20 at a P 2:5. Values of k for other
temperatures were obtained by numerical interpolation.

Appendix B: Calculation of the oxygen permeability
in the active layer

Oxygen permeability in the active layer is calculated on
the basis of Henry's law. Solubility constant in the

Henry's law's expression was derived from experimental
permeability data [21], assuming a constant di�usion
coe�cient. The following relationship was obtained:

Pperm�O2� � 1:334� 10ÿ9 PO2
�B1�

Temperature and water content variations in the fuel
cell, equipped with an adequate cooling system, are not
large, as shown in Figure 2(b) and (d). In¯uence of these
parameters (within the characteristic ranges) on the
oxygen permeability values in the active layer was
estimated to be small and was not taken into account in
the mathematical model.

Table 2. Coe�cients for the calculation of the water content k

Activity, a Temperature k0 k1 k2 k3

a O 1 30 0.043 17.81 )39.85 36.00

a O 1 80 0.30 10.80 )16.00 14.10

1 < a < 2:5 30 )9.1776 37.276 )15.877 2.255

1 < a < 2:5 80 )30.412 61.978 )25.960 3.7008

a P 2:5 30 k = 20

80 k = 20
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